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Chemical looping combustion (CLC), which has the characteristic of CO2 inherent separation, is a novel fossil fuel
utilization technology for CO2 capture with low cost and low energy efficiency penalty. The reduction kinetics of
oxygen carrier (OC) is one of themost important issues for CLC reactor design and computational fluid dynamics
(CFD) simulation. In this work, well-organized isothermal experiments in a thermogravimetric analyzer (TGA)
were first carried out to obtain the kinetics of a hematite as OC reduced by carbonmonoxide. The reduction pro-
cess was identified as two sequential stages, which correspond to the reduction of Fe2O3 to Fe3O4 and Fe3O4 to
FeO, respectively. As obtained from the experimental result, the first stage is controlled by gas diffusion in the
boundary layer on particle surface while the second stage is mainly controlled by heterogeneous chemical reac-
tion. For the second stage, the activation energy, E, is 110.75 kJ/mol and the reaction order, n, is 1.5. Then, the
same batch of hematite was tested by reacting with the reducing gas of 10 vol.% CO balanced by N2 in a fluidized
bed reactor. The different reaction characteristics in TGA and fluidized bed reactor were analyzed. Thiswork pro-
vides a deep understanding on the applicability of the OC reduction kinetics obtained by TGA to the reactor de-
sign and CFD simulation of a fluidized bed CLC rig.

© 2016 Elsevier B.V. All rights reserved.
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1. Introduction

Chemical looping combustion (CLC) [1,2], which has the characteris-
tic of CO2 inherent separation [3,4], as an advanced technology of carbon
capture and storage (CCS), has attracted widespread attention all over
theworld. Lattice oxygen atoms in oxygen carrier (OC) instead of oxygen
molecules in air are used to oxidize the fossil fuel indirectly. In a typical
CLC process, the cascade utilization of chemical energy of fuel is realized,
so that a higher energy conversion efficiency can be achieved [5,6].

A typical CLC reactor is composed of an air reactor (AR) and a fuel re-
actor (FR). The fossil fuel is oxidized via an OC with high oxygen poten-
tial (usually metal oxide, MexOy) in the FR, and the resulting products
are CO2, H2O and reduced OC with low oxygen potential (MexOy − 1).
High-purity CO2 can be easily obtained from the flue gas through a sim-
ple steam condensation process. The high-oxygen-potential OC is re-
generated in the AR as the low-oxygen-potential OC is re-oxidized by
air. As the high-oxygen-potential OC is further transferred into the FR,
a looping is constructed.

Fe-based OC is regarded as a kind of cheap and environmentally
friendly OC material, which has gained the most attention. Iron ore as
one of themost practical OCs in large-scale CLC systems has beenwidely
investigated. Among these, hematite is a promising OC candidate when
taking economic costs into account. Factually,most of the CLCpilot reac-
tors all over the world are based on natural iron ore oxygen carrier.

There are two foundational issues that need to be addressed in CLC.
One is the selection of high-performance oxygen carrier and the other is
the rational design of CLC reactor. The two foundational issues are both
related to the reactivity of the OC. Elgeassy et al. [7] and Ettabirou et al.
[8] investigated the apparent activation energy of Fe2O3monocrystal re-
duced by CO to Fe3O4 or Fe. However, the apparent activation energy
cannot be used for characterizing the reactivity of OC solely. Wang
et al. [9] studied Fe2O3/Al2O3 OC through conducting thermodynamic
analysis. They concluded that the chemical combination reaction be-
tween Fe2O3 and Al2O3 to form FeAl2O4 is detrimental to the reactivity
of the OC. Zafar et al. [10] found that Fe2O3/MgAl2O4 showed high reac-
tivity during the phase transition from Fe2O3 to Fe3O4 but very low from
Fe3O4 to FeO. Recently, the reduction kinetics, which act as a quantita-
tive characterization for OC reactivity, has aroused the interest of
many researchers. Abad et al. [11,12] systematically investigated the re-
duction kinetics of synthetic Cu-based, Fe-based and Ni-based OCs re-
duced by CO, H2 and CH4. The obtained kinetic parameters were utilized
for the reactor design and computational fluid dynamics (CFD)modeling.
Chen et al. [13] conducted an experiment in amicro-fluidized bed reactor
to investigate the kinetic parameters of hematite reduced by CO. Howev-
er, the effect of CO concentration was not considered.

With respect to heterogeneous gas-solid reaction kinetics, the com-
prehensive effect of intrinsic chemical kinetics and internal/external
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mass transfer is themost complex and important issue.When establish-
ing the kinetic equations for the reduction reaction of OC, the above two
factors must be carefully considered, because the reported rate-
controlling step and kinetics (the reaction rate constant and the activa-
tion energy) differ, as found in the published literatures. Monazam et al.
[14] proposed a two-parallel-reactions-based kinetic model to describe
the reduction process of hematite to wustite. The newmodel is applica-
ble for the volume fraction of gas fuel (methane) ranging from 15 vol.%
to 35 vol.% and temperatures ranging from 973 K to 1098 K. For
predicting the reduction process of a synthetic Fe-based OC, Abad
et al. [11,12,15] adopted the shrinking coremodel (SCM) as the reaction
mechanism of Fe2O3/Al2O3 with syngas, while Go et al. [16] reported
that the reduction of iron oxide by CH4 iswithin the diffusion control re-
gime in the temperature range of 1073–1173 K. Piotrowski et al. [17,18]
reported that activation energy (E) for the reduction reaction of hema-
tite with syngas composition (CO and H2) was in a wide range of 25–
125 kJ/mol, and the 2-D nucleation growth and first order model was
determined as the reaction mechanism. Pineau et al. [19] investigated
the reduction reaction of hematite by H2 in the temperature range
493–1003 K. It was observed from the experiment that there exist two
different stages in the reduction process. As a conclusion, the apparent
activation energy in the first reduction stage (corresponding to Fe2O3

to Fe3O4) was determined as 76 kJ/mol, while the second reduction
stage (corresponding to Fe3O4 to Fe)was calculated as 39 kJ/mol at tem-
peratures higher than 693 K. It was also concluded that the reaction rate
at higher temperatures is controlled by phase boundary reaction.

As mentioned above, in the reduction process of hematite, the two
reaction stages (Fe2O3 to Fe3O4 and Fe3O4 to FeO) demonstrate different
reaction characteristics. When taking both the chemical reaction kinet-
ics andmass transfer into account, the reaction controlling stepmay dif-
fer between the two stages. Usually, a CLC process was designed for
operating in a fluidized bed reactor, while the reaction kinetics adopted
in reactor design was obtained from thermogravimetric analysis (TGA)
in literatures. These two kinds of reaction equipment have different re-
action conditions, and the applicability of the reaction kinetics derived
from TGA to fluidized bed reactor design is doubtful. In this study, ther-
mogravimetric analysis experiment and fluidized bed experiment were
conducted for investigating the kinetic parameters of hematite reduc-
tion by CO, in order to provide a deep understanding on the applicability
of the reaction kinetics.
2. Experiment

2.1. Materials

The hematite originates from the E'kouMine, China. This kind of he-
matite OC was previously adopted in our 5 kWth dual circulating fluid-
ized bed experiment [20,21]. For the concern of continuity and
systematism of our work, this kind of hematite was selected as OC in
this study. The hematite OC tested in this work has been previously uti-
lized for N300h in the 5 kWth dual circulatingfluidized bed experiments
[20,21]. Many characterizations to this material like X-ray diffraction
(XRD, X'Pert Pro) analysis, Scanning Electron Microscope (SEM, FEI
Quanta 200) analysis and Brunauer–Emmett–Teller (BET) surface area
analysis (Micromeritics, ASAP-2020) have been conducted in our previ-
ous publications [20,21]. According to the XRD analysis, the Fe element
is in the +3-valence state in the fully oxidized OC. The elemental
Table 1
Elemental analysis of the hematite [22].

Element Wt.% At.% Element Wt.% At.%

Fe 73.38 57.85 S 00.61 00.84
Si 18.73 29.35 K 00.13 00.15
Al 04.52 07.38 Ca 00.33 00.41
Mg 02.14 03.88 Ti 00.15 00.14
analysis (as determined using an X-Ray Fluorescence apparatus (XRF,
EDAX EAGLE III), see Table 1) shows that the mass fraction of Fe2O3

was 66%. By sieving the used hematite OC, the particles in the diameter
range of 180–200 μm were collected for the TGA experiment, and the
apparent density is 3472 kg/m3.

2.2. Experimental procedure

The isothermal reduction experiments were first conducted in a ther-
mogravimetric analyzer (WCT-1D). In the preliminary experiment, five
different sample masses (50 mg, 30 mg, 20 mg, 10 mg and 5 mg) and
four different gas flow rates (20 mL/min, 50 mL/min, 80 mL/min and
95 mL/min) were employed to investigate the effect of gas diffusion in
crucible on the reduction rate of hematite. The reducing gas was
10 vol.% CO balanced by high purity N2 and the temperature was
950 °C. It was found that when the sample mass was smaller than
10 mg and gas flow rate was higher than 80 mL/min, the effect of the
gas diffusion in crucible on the reduction rate can be eliminated. In this
sense, the experimental conditions of sample mass at 10 mg and gas
flow rate at 80 mL/min were adopted in subsequent formal TGA test.
The formal experiment can be divided into 16 cases depending on four
different CO concentrations (5 vol.%, 10 vol.%, 15 vol.% and 20 vol.%) and
four different reaction temperatures (850 °C, 900 °C, 950 °C and 1000 °C).

Afterwards, reduction experiment was conducted in a fluidized bed
reactor to investigate the reactivity of hematite OC. The hematite with
the mass of 6 g was chosen as the active OC materials and 20 g silica
sand was chosen as the inert bed materials. Reducing gas of 10 vol.%
CO balanced by N2 was aerated to the reactor with the flow rate of
800 mL/min in the reduction period, and the temperature was main-
tained at 900 °C. The schematic view of the fluidized bed reactor rig is
shown in Fig. 1. The diameter of the reaction chamber is 26 mm and
the exhaust gaswas detected by the on-line gas analyzer. Detail descrip-
tion of fluidized bed reactor can be found in our previous publications
[23–25].

3. Analysis and results

3.1. Data processing method

In TGA experiments, the instantaneousweight of the OC sample was
measured and saved automatically. Transient conversion of the OC sam-
ple can be calculated as,

Xi ¼
mox;i−mt

mox;i−mre;i
ð1Þ

wheremox andmre is the weight of the sample at the fully oxidized and
reduced state, respectively;mt is the weight of the OC at time t; i repre-
sents the different reduction stages. To be more specific, for the first re-
duction stage,mre,i equals to the sample weightwhen the Fe2O3 content
in the ore was completely reduced into Fe3O4; while for the second re-
duction stage, mre,i equals to the sample weight when Fe3O4 in the OC
were fully reduced to FeO.

In fluidized bed reactor experiment, the flow rate of the exhaust gas
and the volume fraction of CO2 in the exhaust gaswere on-line detected.
Considering the fact that no carbonaceous gas was observed in the oxi-
dation process, i.e., no carbon deposition occurred in the reduction pro-
cess, the transient conversion of the OC can be expressed as,

X ¼

Z t

t0
FexyCO2

dt
Z ttotal

t0
FexyCO2

dt
ð2Þ

where Fex is the flow rate of the exhaust gas; yCO2 is the volume fraction
of CO2 in the exhaust gas.



Fig. 1. Schematic view of the fluidized bed reactor.
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3.2. Preliminary experiment

Considering that the reduction rate in thefirst stage (Fe2O3 to Fe3O4)
is quite faster (a few orders of magnitude faster) than that in the second
stage (Fe3O4 to FeO), the reduction rate in the first stage was chosen as
an indicator for investigating the effect of gas diffusion on the reduction
kinetics.

It can be seen from Figs. 2 and 3 that the reduction rate will not in-
creasewith the samplemass decreasing and the aeration rate increasing
when the sample mass was b10 mg and the aeration rate was over
80mL/min. It can be concluded that samplemass of 10mg and aeration
rate of 80mL/min is adequate to eliminate the influence of gas diffusion
in crucible.

3.3. Kinetic model and data analysis

The kinetic model can be expressed as either the differential form or
the integral form.

Differential form :
dX
dt

¼ A exp −
E
RT

� �
f Xð ÞCn ð3Þ

Integral form : G Xð Þ ¼
Z

1
f Xð ÞdX ¼ A exp −

E
RT

� �
Cnt ð4Þ
Fig. 2. Conversion versus time for different masses of sample. (Temperature: 950 °C, CO
concentration: 10 vol.%).
where, X represents the reduction degree of OC, A is the pre-exponential
factor, E is the apparent activation energy, R represents the universal gas
constant, T is the reaction temperature (K), and C represents the con-
centration of the reducing gas (mol/m3).

The value ofA expð−E
�
RTÞCn is a constant for a specified temperature

and a specified gas concentration. The appropriate integral mechanical
function G(X) can be obtained by testing the linearity versus time.

The slope ki can be expressed as,

ki ¼ A exp −
E
RT

� �
Cn: ð5Þ

Logarithmic treatment on both sides of the above equation leads to,

lnki ¼ lnA exp −
E
RT

� �
Cn ¼ n lnC þ lnA exp −

E
RT

� �
: ð6Þ

The reaction order n will obtain through a linear fitting process for
different concentration cases. Then the intercept can be treated as,

lnA exp −
E
RT

� �
¼ −

E
RT

þ lnA: ð7Þ
Fig. 3. Conversion versus time for different aeration rates. (Temperature: 950 °C, CO
concentration: 10 vol.%).

Image of Fig. 1
Image of Fig. 2
Image of Fig. 3


Fig. 5. The linearity of G(X) = X. (The first reduction stage).
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Both the apparent activation energy and the pre-exponential factor
in Eq. (7) can be obtained through another linear fitting process. So
far, all the parameters in Eq. (4) can be obtained.

In addition, ifG(X)= Xwas selected as the integralmechanical func-
tion, it means that the reaction rate is controlled by the gas diffusion in
the boundary layer on the particle surface. The apparent activation en-
ergy is meaningless in this condition. The kinetics can be expressed as,

G Xð Þ ¼ X ¼ 3bkg
ρBr

Cnt ð8Þ

where b represents the stoichiometric coefficient of the chemical reac-
tion, kg represents the gas diffusion coefficient, ρB is the density of the
particle, r is the initial radius of the particle. Therefore, the value of
3bkg

�
ρBr

is a constant, which means that the reaction rate is only influ-

enced by the reducing gas concentration.
In the kinetics derivation, we assume that the second stage reaction

would not take place until the first stage reaction is complete. Strictly
speaking, the stage distinguishing method is not precise. However, we
argue here that this method is still valid. On the one hand, the reaction
rate in the first reduction reaction is quite faster (a few orders ofmagni-
tude faster) than that in the second reduction reaction. The two reduc-
tion stages will not overlap naturally due to large difference between
two reaction rates. On the other hand, only the experimental data with-
in the conversion of 20% ~ 80% was selected for data processing in each
reduction stage. This treatment can also ensure that the two reduction
reactions will not influence each other in kinetics derivation.

3.4. Kinetics for the first reduction stage

Fig. 4 shows the hematite OC reduction conversion versus time (the
first stage) under different temperatures and different CO concentra-
tions. It can be seen that the temperature exerts a small impact on the
reduction rate, while the reduction rate was greatly affected by CO con-
centration. The result indicates that the reduction reaction in the first
reduction stage is controlled by gas diffusion in the boundary layer on
particle surface. As shown in Fig. 5, the mechanism function of
G(X) = X is suitable to characterize the feature of the conversion
Fig. 4. Conversion versus time for different temperatures and different concentrations
curve, which also supports the understanding to the controlling step.
The only kinetic parameter that can be obtained from TGA experiment
was shown as below,

X ¼ 0:01868Ct: ð9Þ

Compared Eq. (8) with Eq. (9), it can be obtained that 3bkg
�
ρBr

¼ 0:0

1868ðm3mol−1s−1Þ. Considering the relatively high conversion rate in
the first reduction stage, the size of the OC particle rather than that of
the grain size on the particle surface should be selected as the character-
istic scale. When substituting the diameter of the OC particle (190 μm)
and the apparent density (3472 kg/m3) into the expression, the gas dif-
fusion coefficient kg=0.0684(cms−1) can be finally obtained.

3.5. Kinetics for the second reduction stage

At the beginning, several common used kinetic mechanism func-
tions of the gas-solid reaction (shown in Table 2) were selected for
of CO (the first reduction stage, sample mass: 10 mg, gas flow rate: 80 mL/min).

Image of Fig. 4
Image of Fig. 5


Table 2
Common kinetic mechanism functions of the gas-solid reaction.

Reaction model Symbol f(X) G(X)

Nucleation and nuclei growth (n = 1) A1(X) 1−X − ln(1−X)
Nucleation and nuclei growth (n = 2) A2(X) 2(1−X)(− ln(1−X))1/2 (− ln(1−X))1/2

Nucleation and nuclei growth (n = 3) A3(X) 3(1−X)(− ln(1−X))2/3 (− ln(1−X))1/3

2D-diffusion model D2(X) (− ln(1−X))−1 (1−X)ln(1−X)+X
3D-diffusion model (Jander) D3(X) (3/2)(1−X)2/3(1−(1−X)1/3) (1−(1−X)1/3)2

3D-diffusion model (Grinstling) D4(X) (3/2)((1−X)−1/3−1) (1−2X/3)−(1−X)2/3

Zero order contraction model R1(X) 1 X
2D-contraction model R2(X) 2(1−X)1/2 1−(1−X)1/2

3D-contraction model R3(X) 3(1−X)2/3 1−(1−X)1/3
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testing the linearity of G(X) versus time. After multiple fitting attempts,
the integral mechanism function G(X)=1−(1−X)1/3 was found to be
the most appropriate one to guarantee the linearity. This mechanism
function corresponds to the phase boundary reaction control regime.
From this perspective, it was tentatively assumed that the second re-
duction stage in TGA experiment was controlled by gas-solid reactions.

As mentioned in Section 3.3, the slope of the curves shown in Fig. 6
as a function of gas fuel concentration can be linearly fitted for acquiring
the reaction order. As plotted in Fig. 7, the reaction order (n) has amean
value of 1.5. The curves corresponding to lnki vs. lnC are found to be lin-
ear as the least-squares coefficient higher than 0.994. In kinetic param-
eter fitting process, the kinetic compensation effect may be significant.
However, as a consensus, the kinetic compensation effect was less sig-
nificant in isothermal method than in non-isothermal method, so the
linear relationship between lnA and E can be ignored in this study.
When the simplified model (as Eq. (5)) was selected, the relationship
between lnA (or E) and n will become an important influencing factor
for the validity of the fitting results. As shown in Fig. 7, the reaction or-
ders obtained at different temperatures varied. This phenomenon is one
of the manifestations of the kinetic compensation effect. In order to
weaken this effect, the fitted curves were adjusted according to their
Fig. 6. The linearity of G(X)=1−(1−X
mean slope, and then four intercepts were obtained for further
calculation.

In the previous step, four intercepts were obtained. The result of lin-
ear fitting for the four intercepts as a function of temperatures is shown
in Fig. 8. According to this figure, the apparent activation energy, E, was
determined as 110.75 kJ/mol, and the pre-exponential factor, A, was de-
termined as 88.55m4.5 mol−1.5 s−1. The least-squares coefficient of the
fitting is 0.949.

In summary, the reaction kinetics equation for the second reduction
stage can be expressed as,

dX
dt

¼ 85:55exp −
110750

RT

� �
� 3 � 1−Xð Þ2=3C1:5: ð10Þ

3.6. Kinetics model evaluation

Firstly, the dynamic response to the step signal was tested in the flu-
idized bed reactor system by modeling it as a well-stirred reactor (seen
in Ref. [26]). The gas flow switched from N2 to air was selected as the
step signal, and the volume fraction of oxygen in exhaust gas was
)1/3. (The second reduction stage).

Image of Fig. 6


Fig. 7. Linear fitting for Eq. (6).

Fig. 9. Time constant fitting for the fluidized bed reactor system.
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detected instantaneously. This means that [O2]t, the true volume frac-
tion of O2, was obtained by deconvoluting each measurement, because
[O2]t equals [O2]m + τd[O2]m/dt, where [O2]m is the measured volume
fraction of O2 and τ is the time constant of the reactor system. The
value of τ can be obtained by fitting the above deconvolution equation.
As shown in Fig. 9, the time constant of the system is obtained as 11.4 s.

Then, formal fluidized bed experiment was conducted, and the vol-
ume fraction of CO2 was deconvoluted by the time constant of the sys-
tem 11.4 s, as shown in Fig. 10.

Similar to the thermogravimetric analysis, two stages of the reduc-
tion reaction were also distinguished. The curves of the reduction rate
versus conversion was shown in Figs. 11 and 12.

As shown in Fig. 11, the reduction rate of OC in the first stage was
slower in the fluidized bed reactor than that predicted by the kinetic
model (inlet gas concentration based). This can be explained that the
overall reduction rate of OC in the fluidized bed reactor is controlled
by the CO aeration rate. To be more specific, in fluidized bed reactor,
the CO inlet concentration is different with the outlet concentration,
and the CO concentration in the reactor changed along with reactor
height. Therefore, each OC particle experiences a different reducing en-
vironment instead of the reducing environment of 10 vol.% CO at the
inlet of the reactor. In fact, if the CO aeration rate could be large enough,
all of theOCparticles could experience the same inlet reducing environ-
ment, the reduction rate of OC in the fluidized bed reactor will agree
with the kinetic model prediction. Furthermore, the reaction rate in
the fluidized bed reactor can even be greater than the rate predicted
by the kinetic model (inlet gas concentration based). It is because that
there exists intensive particle-particle interaction in fluidized bed
Fig. 8. Arrhenius plot for the second reduction stage.
reactor. The intensive interactionwill thin the particle surface boundary
layer and therefore accelerate the overall reaction. For evaluating the
applicability of the kinetic model obtained, the logarithmic average of
the CO concentration [27] (seen as below) was selected as the charac-
teristic concentration.

Cco;ave ¼ Cco;in−Cco;out

ln Cco;in=Cco;out
� � ð11Þ

where Cco,in corresponds to the inlet CO concentration (1.115 mol/m3),
and Cco,out is the outlet CO concentration (0.0167 mol/m3, see Fig. 10).
The result was also included in Fig. 11. It can be seen that the prediction
of the kinetic model (averaged gas concentration based) was in good
agreement with the experimentalmeasurement in the fluidized bed re-
actor. The experimental result showed the same variation trend with
the kinetic model prediction, which indicates that in the first reduction
stage, the reduction rate for each OC particle was also controlled by gas
diffusion in the boundary layer in fluidized bed reactor. In fact, the re-
duction reaction of hematite in the first stage is relatively intensive. As
a result, in the first reduction stage, the reaction kinetics obtained
from the thermogravimetric experiment could reflect the phenomenon
occurring in the fluidized bed reactor under this experimental
condition.

It can be seen from Fig. 12 that the reaction rate calculated from the
kinetics model (inlet gas concentration based) is greater than the reac-
tion rate measured in the fluidized bed experiment when X b 0.73, but
the two curves have the same downtrend. It has a smaller difference be-
tween the two curves than that in the first stage. The reason is that in
the second reduction stage, the averaged CO concentration is more
close to the CO inlet concentration due to the increased CO outlet con-
centration. The same downtrend reveals that the kinetic model is appli-
cable for describing the process in thefluidized bed reactorwhen theOC
has a low conversion. It is difficult to determine the COoutlet concentra-
tion, the quantitative analysiswas not conducted for the second stage in
Fig. 10. Deconvolution for the volume fraction of CO2.

Image of Fig. 7
Image of Fig. 8
Image of Fig. 9
Image of Fig. 10


Fig. 11. Reduction rate versus conversion in the first stage.
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this study. At high reduction degrees (X N 0.73), the reaction rate mea-
sured in experiment is larger than the prediction of the kinetic model.
The difference between measurement and prediction can be attributed
that there may exist the partial reduction of FeO to Fe at the same time
of Fe3O4 reduction to FeO. The stage distinguishingmethod in the fluid-
ized bed reactor is indeed not precise enough. On the one hand, the con-
versionmay be different for eachOCparticle in thefluidized bed reactor.
On the other hand, the measured signal (volume fraction of CO2 in ex-
haust gas) may distort in the tube connecting the reactor with the gas
analyzer. Considering the above, this result is still acceptable. Since the
actual CLC reactor will not operate in the condition with high reduction
degrees of OC, the kinetic model obtained was also applicable for de-
scribing the process in the fluidized bed reactor.

4. Discussion

Obviously, the selected kineticmodel shown in Eq. (3) is a simplified
global model. The simplified model was selected in this study because,
on the one hand, the BET test showed that the hematite particle has a
small specific surface area [21]. From this perspective, the influence of
the pore structure on the reaction rate can be neglected and the
unreacted shrinking core model (USCM) used in this study is appropri-
ate. In fact, theUSCMhas beenwidely adopted by researchers in oxygen
carrier kinetics investigations [12,28,29]. On the other hand, as men-
tioned below, the intrinsic reduction rate of hematite in the first stage
is so fast that the overall reaction is controlled by gas diffusion in the
boundary layer on particle surface. Although the boundary layer is rela-
tively thin due to particle-particle collision in the fluidized bed reactor,
the reduction reaction for each OC particle was also controlled by gas
diffusion. That is to say, it is neither can get the intrinsic kinetics in
Fig. 12. Reduction rate versus conversion in the second stage.
this study, nor can take the advantage of the intrinsic kinetics in practi-
cal applications. In the second reduction stage, the overall reaction is
controlled by heterogeneous chemical reaction. Therefore the product
CO2 concentration has a small value on the particle surface. The simpli-
fied model (Eq. (5)) is precise enough as the influence of product gas
(CO2) on the reactions can be neglected.What ismore, the reaction con-
ditions, especially the temperature field, are relatively uniform in fluid-
ized bed reactor. Therefore this model will not be applied over a wide
range of reaction conditions.

From the results obtained above, the batch fluidized bed reactor has
its limitation for investigating the reactivity of OCs. To bemore specific,
the apparent reactivitymay be controlled by the aeration rate of gas fuel
in the batch fluidized bed reactor, which results in that the measured
apparent reactivity is lower than the realistic reactivity of the OCs that
can be achieved.

As known, the performance of different types of hematite could vary
drastically, and the change in chemical composition in hematitemay af-
fect the intrinsic reduction kinetics. In this study, only one specific he-
matite was investigated and the catalytic effect of other composition
was not considered. The applicability of the kinetic model for other he-
matite deserves further investigation.

For illustrating the applications of the obtained kinetic parameters,
the minimum solid inventory was calculated for a fuel reactor in a CLC
system utilizing this kind of hematite as OC. According to the simplified
model for estimating the solid inventory proposed in Ref. [30], the as-
sumptions of perfect mixing of solids and no restriction for the gas-
solid contact in a fluidized bed reactor were made. The mass of solids
per MWth of fuel,moc, can be calculated as,

moc ¼ 2dMo

ΔH0
c

3

ΦRo;ilm
dXi
dt

���Xi ¼ 0
� 	

av

ð12Þ

where d represents the stoichiometric factor in the fuel combustion re-
action with oxygen (mol O2 per mol of fuel), Mo represents molecular
weight of oxygen, ΔHc

0 is the standard heat of combustion of the gas
fuel, Φ represents the characteristic conversion, Ro,ilm is oxygen trans-

port capacity of the OC, ðdXi
dt jXi ¼ 0Þav represents the average reactivity

obtained at the characteristic gas fuel concentration and at the conver-
sion of OC Xi = 0.

Taking the combustion efficiency of 95% as the reactor design target,
the reducing gas of 50 vol.% CO balanced by N2 as the gas fuel, temper-
ature of 950 °C as the reaction temperature, the calculation results
showed that the minimum solid inventory is about 1616 kg/MWth for
a fuel reactor if only utilizing the first reduction stage, while about
4259 kg/MWth for a conceptual fuel reactor if only utilizing the second
reduction stage. As mentioned above, the reaction rate in an actual
CLC reactor may be faster than that obtained from TGA experiments
when the gas fuel concentration is high enough, the minimum solid in-
ventory for the first kind of fuel reactor will decrease greatly, while it is
not the case for the second kind. Generally speaking, when this kind of
hematite is used as OC in a CLC reactor, the reactor should be designed
for only utilizing the first reduction stage of the OC, because the solid in-
ventory required is too large to be accepted if the reactor was designed
for utilizing the second stage. This can also be considered as one of dif-
ferences between the natural ore OCs and the synthetic OCs, because
the reaction rate of the synthetic OCs in the second reduction stage
may also be high enough for utilizing.

5. Conclusion

With the application of thermogravimetric analyzer and fluidized
bed reactor, the reaction kinetic model of hematite reduced by CO was
investigated and the applicability of thismodel for describing the reduc-
tion process in a fluidized bed was also evaluated. In TGA experiment,
the first reduction stagewas controlled by gas diffusion in the boundary

Image of Fig. 11
Image of Fig. 12
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layer on the particle surface, while the second reduction stage was
mainly controlled by the heterogenous chemical reaction. The reaction
order for the reduction in the second stage was determined as 1.5, the
apparent activation energy is 110.75 kJ/mol and the pre-exponential
factor is 88.55 m4.5 mol−1.5 s−1. The experimental results in the fluid-
ized bed reactor showed that in the first reduction stage, the overall re-
action rate is controlled by the CO aeration rate, but in fact, the
reduction rate for each OC particle is also controlled by gas diffusion in
the boundary layer. Nevertheless, the kinetic model obtained from the
TGA experiment is also applicable for describing the process in the flu-
idized bed reactor in the second reduction stage.
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